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Abstract

The hydrodynamics of gas—solid fluidised bed are significantly affected by the scale of operation. This scale dependence is primaril
caused by the scale dependence of the rise velocity of bubble swarms. Using the experimental data of Krishna et al. [Chem. Eng. Sci.
(1996) 2041-2050] for the bubble rise velocit, in air—FCC fluid beds of 0.1, 0.19 and 0.38 m diameter we develop a mode, for
using the Davies—Taylor—Collins relation as basis. This model is exactly analogous to that put forward earlier by Krishna et al. [Chem
Eng. Sci. 54 (1999) 171-183] for the rise of large bubble swarms in liquids. An Eulerian simulation model is developed for gas—solid fluid
beds in which the drag between the (large) bubbles and the dense phase is calculated using the developed Davies—Taylor—Collins relatic
Several simulations were carried out for columns ranging from 0.1 to 6 m in diameter. These simulations demonstrate the strong influen
of column diameter on column hydrodynamics. The Eulerian simulation results rationalise the empirical correlation of Werther for the
influence of column diameter on the bubble rise velo¥lgy The Eulerian simulation results are used to estimate the axial dispersion
coefficients of the dense (emulsion) phase for columns ranging to 6 m in diameter; these are in agreement with the trends observed in
literature. © 2001 Elsevier Science B.V. All rights reserved.
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1. Introduction bubble-growth model, Darton et al. [12] derived the follow-
ing relationship for the bubble diameter

Gas-solid fluidised beds are difficult to scale up because 25 4/5 —1/5

of the strong influence of column diameter on the hydrody- dp =0.54(U — Uat)™™ (h + ho)™> g @

namics and existing scale up procedures in the literature areyhereU is the superficial gas velocity arldgs is the ve-
largely empirical in nature [1-4]. The primary cause of the locity of gas through the dense (or emulsion) phase. The

scale dependence of gas—solid fluid beds is the fact that theparameterho characterises the distributor; for a porous
bubble rise velocityVy, is scale dependent. From the ex- plate distributor, for exampleso = 0.03m. For fine Gel-
perime_:ntal data oW, [1-4], it i‘?’ clear that main factors in- dart A powders, the bubble growth does not take proceed
fluencingVi, are (a) average diameter of the bubble swarm, i, yefinitely and the bubbles reach an equilibrium size, at a
do (b) column diametei)r, and (c) height of the fluid bed,  gigrancen* above the distributor. The equilibration height
h. For a0§|ngle, isolated, bUb,ble,Of dlamedgrthe.rlse ve- h* is determined inter alia by the particle size distribu-
locity V,;' in a bed of powder is given by the Davies—Taylor tion. For fluid cracking catalystdf, ~ 50um), h* has

relationship [5] a value of about 0.5m [13] and the superficial gas ve-
locity through the dense pha&#ys has a value of about
VQ:O.?l@ (1) 2mm/s, which is negligibly small in comparison with
the operating gas velocitidd used in this study. Clearly
the phenomenon of bubble growth is important for short
beds used in laboratory studies. In the experimental, and
later computational, studies presented here we concentrate
on the performance of fluid beds with dispersion heights
ranging from 3 to 35m (see Table 1), far in excess of

* Corresponding author. Tek:31-20-525-7007; fax+31-20-525-5604.  the equilibration height of 0.5m. In such cases the as-
E-mail addresskrishna@its.chem.uva.nl (R. Krishna). sumption of constant bubble diameter is justified. Above

This relationship is equally valid for the rise of spheri-
cal cap bubbles in liquids [6—-11]. Due to the phenomenon
of bubble growth, the average bubble diameter in a swarm
increases with the heiglit above the distributor. Using a

1385-8947/01/$ — see front matter © 2001 Elsevier Science B.V. All rights reserved.
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Nomenclature

wake acceleration factor, dimensionless
drag coefficient, dimensionless

bubble diameter (m)

mean particle size (m)

column diameter (m)

acceleration due to gravity (9.81m3%
height above the gas distributor (m)
height above the gas distributor where t
bubbles reach their equilibrium size (m)
parameter determining the initial bubble
size at the gas distributor (m)

height of expanded bed, ungassed bed
and after escape of dilute phase (m)
interphase momentum exchange term
(Nm=3)

pressure (N m?)

radial coordinate (m)

time (s)

velocity vector (ms?)

superficial gas velocity (nTs)

superficial gas velocity through the
dilute phase (m3t)

superficial velocity of gas through the
dense phase (n8)

cross-section averaged rise velocity of
the dilute phase (ns)

rise velocity of single, isolated, gas
bubble (ms?)

radial distribution of the bubble velocity
(ms™)

centre-line dense phase velocity (n)
centre-line liquid velocity in bubble
column (ms?)

Greek letters

total gas voidage, dimensionless

&p gas hold-up of “dilute” phase,
dimensionless

£df hold-up of gas in “dense” phase,
dimensionless

df viscosity of dense phase (Pas)

op bulk and particle densities (kgTA)

pG, pdi  density of gaseous and dense phases
(kgm=3)
parameter defined in Eq. (3)

T stress tensor (N i)

Subscripts

b referring to “dilute” or “bubble” phase

df referring to “dense” phase

G referring to gas phase

kil referring tok andl phases

T tower or column

the initial “growth” zone, the coalescence and break-up
processes are assumed to be in equilibrium.

Eq. (1) applies to the case where the bubble is far re-
moved from the walls. In narrow column¥y is strongly
influenced by wall effects; these wall effects decrease as the
column diameter increases. The ratio of the bubble diameter
to the column diameterd{/DT), is an important determi-
nant in the estimation o¥, because this ratio determines
the proximity of the bubbles to the wall. It is for this reason
that the correlation of Werther [2] for the rise velochy
contains the influence of the column diameter in the form
of a power-law function

Vo = 0.8(U — Ugs) + 0.719/90h; 3)

The measurements of Werther were restricted to columns
smaller than 1 m and the extrapolation of Eq. (3) to column
diameters larger than 1 m is open to question. Werther sug-
gests that we assume, without firm evidence, that the value
of V does not increase beyorigly = 1 m, i.e.

» = 32003

9 =32 forDr>1m (3a)

The purpose of the present communication is to develop
a Computational Fluid Dynamics (CFD) model in order to
describe the scale dependence of fluid beds. The strategy
we adopt is to first develop a more fundamentally based
model for the bubble rise velocity taking account of wall
effects. This information is then incorporated into a CFD
model using the Eulerian framework. Eulerian simulations
are then used to study the scale (i.e. increasing column
diameter) influence of fluid beds. We restrict our discus-
sion tobubblinggas—solid fluidised beds dihe Geldart A
powders without internals.

2. Development of model for bubble rise velocity

In order to develop a more fundamentally based model
for the bubble rise velocity, we make use of the exten-
sive set of experimental data developed earlier in our lab-
oratories [4,13]. The experimental work was carried out in
three columns made of polyacrylate sections. The column
diameters were 0.1, 0.19 and 0.38 m with total heights of
3 or 4m. Sintered plate gas distributors were used in these
three columns. Two-stage cyclones were used to recover en-
trained fine particles and return these to the column. For the
range of superficial gas velocities used in our experiments
(0-0.4 m/s), the entrainment of fine particles in the freeboard
region had no significant effect on the bed hydrodynamics.
In all cases the pressure at the top of the column was close
to atmospheric pressure. The gas inlet pipe at the bottom of
the column was equipped with a quick shut-off valve for the
purpose of performing dynamic gas disengagement experi-
ments. Air was used as the gas phase in the experiments. The
solid phase consisted of fluidised cracking catalyst (FCC)
(pbulk = 960kg/n?; pp = 1480 kg/n¥; particle size distri-
bution: 10%< 23um, 50% < 49um, 90% < 89um). The
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Table 1

Column configurations, systems, operating conditions and grid details of CFD simulations of &r—FCC

Column diameter Column Initial dense phase Observation Number of grid cells Superficial gas velocityJ (m/s)
Dt (m) height (m) height (m) height (m) (radial) x (axial)

0.19 3 1.9 16 30x 160 0.09, 0.16, 0.23, 0.3

0.38 3 1.9 1.6 30x 160 0.09, 0.16, 0.23, 0.3, 0.35, 0.4
15 8 5.3 4 75x 410 0.09, 0.16, 0.3

2 13 10 9 75%x 270 0.16, 0.3

4 25 20 18 75x 510 0.16, 0.3

6 35 25 23 75x 710 0.16, 0.3

aThe bubble phase was injected over the central 13 (or 32) of the 30 (or 75) grid cells. The reported dense phase velocity profiles are at th
observation heights reported below. The reported values of the total gas hold-up refer to the fractional gas volume below this observation height.

BT H Uz 008 s “dense” phase escapes. The slope of the second part of the
£ 7 escape of H=176m curve can be used to determine the superficial gas veloc-
T sl bubbles &iéggz |ty.of the gas through the denfse phaslg;. Thetotal gas
g ab - FOC voidage or hold-up for G-S fluid bed was calculated from
% 1.5} l & = (H — ppuikHo/ pp)/H. Thegas hold-up of the “dilute”

% 14k H, phase ¢p, is determined from¢, = (H — H1)/H. Thegas
_g ) voidage in the “dense” phases g4t = (¢ — ep)/(1 — &p).
£ 1.3} escape of T For a range of gas velocities the dense phase gas voidage
2 42} dense phase gas remains practically constant and is also independent of the
i aaaiaay column diameter. The superficial gas velocity through the
1'1.5 0 5 10 15 20 25 30 dense phaséJy; is about 2 mm/s and therefore for the range
t/[s] of superficial gas velocities involved in industrial opera-

tions, we may tak€U — Ugs) ~ U. The rise velocity of
Fig. 1. Typical dynamic gas disengagement experiment for air—FCC in a the bubbles. i.e. dilute phase can be determined frgne
0.38m diameter column. . : .
(U — Ugt)/ep- The bubble rise velocity data for settled bed
heights greater than 1 m are shown in Fig. 2 for the three col-

unexpanded bed height ranged fréfy = 0.1 to 1.5m. For umn diameters. The strong influence of the bed diameter is

settled bed heights exceeding 1 m, it was established that the&Vident.
bubbles had reached their equilibrium bubble size within a !N order to develop a fundamental model for the bubble
distance of 0.5m above the distributor. The superficial gas [1S€ Velocity in a gas-solid fluid bed we need to take ac-
velocity U was in the range 0.001-0.65 m/s. Further details cOUnt of the influence of the column diameter on the rise
of our experimental set-up and procedure are available invelo_cny by mtroduglng a scale factor correction into the
our earlier publications [4,13]. Davies-Taylor relation

A typical dynamic gas disengagement experiments with ,0 _
air—FCC in the 0.38 m diameter column is shown in Fig. 1. Yo = 0.71/gh(SP “)
The initial sharp decrease in the bed height is due to es-where the superscript 0 is used to emphasize that the rise ve-
cape of the fast-rising bubbles (“dilute” phase). When all locity refers to that of a single, isolated, bubble. Collins [14]
the bubbles have disengaged, the gas in the emulsion otas determined the scale correction factor for gas—liquid

- 20 20

£ O  Experimental data D;=0.19m

Ny Model, Eqs (4) - (8)
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Superficial gas velocity through dilute phase, (U - Ug)/[m/s]

Fig. 2. Influence of superficial gas velocity through dilute phase and column diameter on the dilute phase rise velocity in gas—solid fluidised beds.
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systems 0.16
dp —_
1 for— < 0.125 E o014}
Dt 3
dp dp 3 o012}
={113exp| —— ) for0.125< — < 0.6 3
SF p( DT) < Dr < (5) £
o 010}
D d )
0.496, /d—T for—> > 0.6 3
b Dr 2 008
We assert the validity of Eq. (5) for gas—solid fluid beds g
and shall seek validation later on in the paper. 2 oost — S‘;ﬁ(:rz f0. @)
The rise velocity in a bubble swarm will be higher than o
that of a single gas bubble due to wake interactions [8]. 0.04 : ! ! ! :
0.0 0.1 02 03 04 05

A bubble that gets into the wake of a preceding bubble
gets accelerated. Such acceleration effects are observed in
both gas-liquid systems [15—-17] and gas—solid systems [18].
In order to take account of such wake interaction effects
we introduce a multiplying factor, AF, which is the wake

acceleration factor 3. Eulerian simulations of gas—solid fluidised beds

Vb = V2(AF) = 0.71,/gdy(SP) (AF) (6)
] In recent years, there has been considerable academic and

The acceleration factor, AF can be expected to be de-inqystrial interest in the use of computational fluid dynam-
pendent on the average dlstance. of separation between thg.q (CFD) to model gas—solid fluidised beds. CFD model-
bubbles; the smaller the separation, the greater the acceling of fiuidised beds usually adopts the Eulerian framework
eration effect. The average distance of separation between,, poth the dilute and dense phases and makes use of the
Fhe bubbles decrgases with increasing superficial gas Veloc'granular theory to calculate the dense phase rheological pa-
ity through the dilute phasel/(— Uqr), and therefore the 3 meters [19-29]. The granular theory can be successfully
factor AF can be expected to increase with increasing val- gnplied for relatively coarse Geldart B powders and its ex-
ues of U — Uqt). We fitted the experimental data set for iangjon to Geldart A powders poses several problems with
Vi for the 0.1, 0.19 and 0.38 m diameter columns with the espect to the proper modeling of interparticle collision and
Egs. (4)(6) to obtain expressions for the wake acceleration;naraction [22]. Discrete particle Langrangian simulations
factor AF and the bubble size,. The regressed relations  of the particle phases have also been attempted [30] but the

Superficial gas velocity, U/ [m/s]

Fig. 3. Bubble size estimation for gas—solid fluid beds.

yielded the following expressions computational load is such that it cannot be used for design

AF = 1.64+ 2.7722U — Ugf) @ and scale up purposes. Our approach here vyill b_e tp trea’; the
“dense” phase in a fluid bed as a pseudo-fluid (liquid). With

dp = 0.204U — Ugp)**1? (8) this approach the Eulerian simulations become identical, in

principle, to that of bubble columns albeit with different in-
terphase momentum exchange characteristics [31-43].

The two-phase model [1-4] underlies our approach,
wherein lumped phases “dilute” and “dense” are defined
as shown and ascribed fluid properties. For the air—FCC
system we estimate the “dense” phase viscogiiy to be
0.125Pas, using the data summarized by Yates [44]. The
density of the dense phasey; was estimated from the
experimental data to be 830 kgth

For each of the “dilute” and “dense” phases shown, the
volume-averaged mass and momentum conservation equa-
tions are given by

We note that the bubble rise velocity in a gas—solid fluid
bed are about 1.5-3 times higher than the rise velocity of a
single gas bubble, given by Eq. (4), underlining the strong
wake interaction effects. The predictions of the model given
by Egs. (4)-(8) are compared with the measured data in
Fig. 2. The fit is very good for all three columns studied ex-
perimentally, confirming the validity of the Collins relations
for gas—solid fluid beds.

The fitted bubble size correlation (8), shown in Fig. 3,
matches extremely closely with the values calculated from
the Darton et al. [12] bubble growth formula (2) taking the
bed heighth to be 0.5 m andig = 0.03 m for porous plate
distributors; see the dashed line in Fig. 3. The experimental 3¢, 5,
results can be rationalised by assuming that the bubbles reach— — + V - (exktr) = 0 9)
their equilibrium bubble size at a distance 0.5m above the
distributor. In reality there is a distribution of bubble sizes
and the fitteddy, represents an average value. Egs. (4)—(8) 9(expoxux)
are sufficient to allow calculation of the dilute phase rise ot
velocity in a fluidised bed. +My + ek prg (20)

+ V- (exprurur) = —exVp + V- (exTk)
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wherepy, uy, ¢ andty represent, respectively, the macro- nuity and momentum for the two-fluid mixture. This pack-
scopic density, velocity, volume fraction and stress tensor age is a finite volume solver, using body-fitted grids. The
of thekth phasep is the pressureMy;, the interphase mo-  grids are non-staggered and all variables are evaluated at the
mentum exchange between phdasand phasd and g is cell centres. An improved version of the Rhie—-Chow algo-
the gravitational force. For the continuous, dense, phase, therithm [45] is used to calculate the velocity at the cell faces.
turbulent contribution to the stress tensor is evaluated by The pressure—velocity coupling is obtained using the SIM-
means ofc — ¢ model, using standard single phase param- PLEC algorithm [46]. For the convective terms in Egs. (9)
eters,C, = 0.09, C1; = 1.44,Cy = 192,01 = 1 and and (10) hybrid differencing was used. A fully implicit back-
o, = 1.3. The dilute (bubble) phase, which is the dispersed ward differencing scheme was used for the time integration.
phase, is assumed to be in laminar flow. It was also deter- Several column configurations were simulated as specified
mined from CFD simulations that the assumptions regard- in Table 1. For a chosen set of operating conditions and
ing the flow field inside the bubbles were not crucial. The column diameter the bubble sidg and the corresponding
momentum exchange between the dilute (subscript b) anddrag coefficientCp were calculated using Eq. (12).

dense (subscript df) phases is given by In the CFD literature, two types of simulations have been
3 e attempted: (a) two-dimensional axi-symmetric simulation
Myip = ZpdfaTCD (up — ugr) |up — ugsl (11) (in cylindrical coordinates) and (b) a fully three-dimensional
b simulation [38]. We first examine the validity of 2D
The interphase drag coefficient is calculated from axi-symmetry by comparison with a complete 3D simula-
4 pat — po 1 tion for a highly viscous liquid, Tellus ol = 862 kg/rﬁ;
Cp = §Tg%ﬁ (12) uL = 0.075Pasp = 0.028 N/m). The hydrodynamics of a
b bubble column with Tellus oil is extremely close to that of

where the rise velocity of the dilute phaggis given by the a fluid bed with FCC particles (we verify this towards the
Eq. (4). The wake acceleration factor AF and the bubble size end of this paper). For comparison of 2D and 3D results,
dp are calculated using Egs. (7) and (8). The assumption of the transient 3D data for hold-ups and velocities were time
constant bubble size along the height of the column is an averaged (using the last 2000 time steps) and spatially aver-
important limitation and the results of the simulation are ex- aged in the azimuthal direction [38]. Fig. 4(a) compares the
pected to apply to describe the hydrodynamics of tall com- radial distribution of liquid velocity obtained with 2D and
mercial scale reactors with a high height to diameter ratio. 3D simulations for a column of 0.38 m diameter column
We have only included the drag force contributiomM@s p, operating at a superficial gas velocity of 0.23 m/s. We note
in keeping with the papers on gas-liquid bubble columns that the profiles are comparable in magnitude and in good
[37-43]. Other forces such as added mass, lift, Magnus andagreement with experimentally determined profiles (details
Saffmann are ignored in the present analysis [33]. Further-in [39]; see Fig. 4(b)). In Fig. 5 the centre-line liquid ve-
more, our CFD model ignores mass transfer between thelocity Vi (0) from 2D simulations obtained for a range of
dilute and dense phases and any chemical reaction in thesuperficial gas velocities are compared with experimental
dense phase. data. We see that the agreement is very good. Fig. 6 com-
A commercial CFD package CFX 4.1c of AEA Technol- pares the radial distribution of gas hold-up predicted by
ogy, Harwell, UK, was used to solve the equations of conti- 2D and 3D simulations. We note that the assumption of

(a) 2D vs 3D simulation (b) 2D simulation vs experimental data
Q Q) -
E 1.0 E 1.0
S osf , . S osf Air-Tellus Oil
= Air-Tellus Oil = U=0.23 m/s;
2 L U=0.23 m/s; > L D;=0.38m
g 0.6 D, =0.38m g o gy
S o4l 2
o 0. 5 04r
=] =]
£ o2r £ o2t
9] kS
S oof S oof
3 3
5 -02f £ -02f ' .
2 —— 2D simulation 2 2D simulation &
g .04 | — — 3D simulation g 04 O experimental data
2] 1 1 . 1 1 1 1 1 1 J © 1 1 A4 1 1 1 1 1 1 ]
o«
0.0 0.2 04 0.6 0.8 1.0 < 0.0 0.2 0.4 0.6 0.8 1.0
Dimensionless radial distance, 2r/D; Dimensionless radial distance, 2r/D;

Fig. 4. Radial distribution of liquid velocity for air—Tellus oil in a 0.38 m diameter column operatitg-at0.23 m/s. (a) Comparison of 2D axi-symmetric
with 3D simulations. (b) Comparison of experimental data with 2D simulations; details in [38,39].



252 R. Krishna, J.M. van Baten/Chemical Engineering Journal 82 (2001) 247-257
r 0.5
1ok gir-;rc(e)llus Oil; —— 2D simulation
| r=0.38m o 0.4 — — 3D simulation

Superficial gas velocity, U/[m/s]

S g
Sy 3
= 3
S osf » 03
0 . S
o i k)
& | § 02r
® 5
£ 04 o © O  Air/Tellus oil experiments -_‘% Air-Tellus Oil
4 - —@— Air/Tellus Oil 2D simulations 2 01} U=023m/s; AN
s r w D;=0.38 m
8§ | g ' N
0.0 L I L 1 I 1 I | ns 0.0 | ] ) 1 1 |\ —
0.0 0.1 0.2 0.3 0.4 0.0 0.2 0.4 0.6 0.8 1.0

Dimensionless radial distance, 2r/D;

Fig. 5. Comparison of experimental centre-line velocity data/p(0) for
air—Tellus oil systems in 0.38 m diameter column with 2D axi-symmetric
simulations; details in [38,39].

Fig. 6. Radial distribution of gas hold-up for air-Tellus oil in a
0.38m diameter column operating &t = 0.23 m/s. Comparison of 2D
axi-symmetric with 3D simulations.

cylindrical axi-symmetry prevents lateral motion of the dis- on the other hand, in which lateral motion in both radial
persed bubble phases and leads to an unrealistic gas bubbland azimuthal directions are catered for, yield physically
hold-up distribution wherein a maximum hold-up is expe- realistic distribution of gas hold-ups, and are in reasonably
rienced away from the central axis. In the 3D simulations, good agreement with experiment. Despite the unrealistic gas

1.5

Centre-line dense phase velocity, V,,(0)/[m/s]

Centre-line bubble hold-up, £0)

1.0 H
NA
- v -
i 0.1
05 ' : ' ool : ' -
0 10 20 30 0 10 20 30
Time/[s] Time/[s]
@ 20
£ F 5 F
= L =
s I : 0
>’ - ‘; 0.2
> 1.5 r o
3 r 8
s s |
8 10f 3
(] . -
& \ s
[N 5 01
@ U=0.23 m/s; 2 L
3 05 Dr=0.38m; P |
Qo 5 air-FCC 2
£ kS -
g r © g | (d)
=4 - 3
8 0.0 | L L | (6] 0.0 | 1 1 )
0.0 0.5 1.0 1.5 2.0 0.0 0.5 1.0 1.5 2.0

Height above the gas distributor/[m]

Height above the gas distributor/[m]

Fig. 7. Start up dynamics of 0.38 m diameter column. Also shown is the variation of properties along the dispersion height at steady-state.
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a) D;=0.19m b) D; =0.38 m
0.20(() T 50 ° 020 (®)Dr
o©° @ .o o
L %) L O
— 0.15 § — 0.15 0®
Bl o’ Bl oo
g s @ g °
5 010 P S 010} o ®
2 ® 2 o®
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S 0.5 O Experiments S o5l o O Experiments
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000 @ . 1 i J 000 @ 1 1 1 J
0.0 0.1 0.2 0.3 0.4 0.0 0.1 0.2 0.3 0.4
Ulm/s] Ulim/s]

Fig. 8. Comparison of CFD simulations with experimental data on bubble hold-up.

hold-up distribution, the cumulative gas hold-up is virtually height of 1.6 m above the distributor of the 0.38 m diameter
the same for the two types of simulations shown in Fig. 6 fluid bed operating a7 —U 4 = 0.23 m/s. The sharp change
(0.119 for 2D versus 0.122 for 3D). in Vg4i(0), after about 2s is caused by the bubble “front”
Having validated the accuracy of 2D axi-symmetric sim- approaching the monitoring point. The centre-line liquid ve-
ulations we have used this strategy to simulate gas—solidlocity Vg:(0), and cumulative gas hold-up vary along the col-
fluid beds of various scales in order to study scale ef- umn height in the region close to the distributor; see Fig. 7.
fects. The first issue concerns the choice of the compu- However, for the large dispersion heights used the variations
tational grid. Anticipating steeper velocity gradients near
the wall region and in the bottom portion of the column, 6 -
a non-uniform grid was used. For the 0.19 and 0.38 m di-
ameter columns, 30 grid cells in the radial direction were
used; 10 grid cells in the central core and 20 grid cells to-
wards the wall region. In the axial direction, the first 0.2 m
bottom portion of the column consisted of 10 mm cells and
the remainder 2.8 m height consisted of 20 mm cells. The
total number of cells was 4800. The dilute phase gas was
injected only at the inner 13 of the total number of 30 cells.
For the larger columns the dilute phase gas was injected
in the central 32 of the 75 cells in radial direction. This
injection strategy was used because the dilute phase tends
to concentrate in the centre of the column and the applied
gas injection strategy helped achieve easier convergence.
The computational grid for the 1.5, 2, 4 and 6 m columns
are specified in Table 1. For the 6 m column, for example,
the total number of grid cells used was ¥5/10 = 53250
cells. In the radial direction 75 cells were used and 710 in
the axial direction. The time stepping strategy used in the
transient simulations for attainment of steady state was: 20
iterations at 5x 10~%s, 20 iterations at k 10~3s, 460
iterations at 5< 10~3s, 2000 iterations at ¥ 10~2s. The
0.19 and 0.38 m diameter column simulations were carried
out on a Silicon Graphics Power Indigo workstation with
an R8000 processor. Simulations of the 1.5, 2, 4 and 6m
diameter columns were carried out on a Power Challenge
machine employing three R10000 processors in parallel. , , . , .
Each simulation was completed in about 36h. In all the 0.0 0.2 0.4 0.6 0.8 1.0
runs, steady state was reached within 15s; this is illus- Dimensionless radial distance 21/Dy
trated in Fig. 7 which shows the centre-line velocity of the
dense phasé/y(0), and the centre-line gas hold-up, at a Fig. 9. Scale effect on the radial distribution of the bubble rise velocity.

Air-FCC, U=0.3 m/s

Radial distribution of bubble velocity, V,(A/[m/s]
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(a) U=0.16 m/s

@ CFD simulations
—— Werther eq. (3)
— — Werther eq. (3a)

ST (b) U=0.30 m/s

@ CFD simulations
1 —— Werther eq. (3)
— — Werther eq. (3a)

Average bubble rise velocity, Vy/lm/s]
Average bubble rise velocity, V,/[m/s]

0 1 1 Il 1 L 1 1 1 1 1 1 | 0 1 1 1 | 1 1 1 1 1 1 L J

0 1 2 3 4 5 6

Column diameter, D/[m] Column diameter, D;/[m]

Fig. 10. Influence of column diameter on the average bubble rise velocity. Eulerian simulations compared with the Werther correlations (3) and (3a).

tend to even out. The reportds(0), Vyi(r) ande, are at pared with the Werther correlations, given by Egs. (3) and
the observation heights specified in Table 1. (3a), with the bubble size calculated from Eq. (2) and tak-

The gas hold-up of the “dilute” phase determined from ing ko = 0.5m. The strong column diameter dependence of
the CFD is compared with experimental data in Fig. 8. The V, on the column diameter anticipated by the Werther cor-
agreement can be considered to be good. Having validatedrelation is borne out by our Eulerian simulations. Our Eu-
the Eulerian simulation model we may proceed to use CFD lerian simulation results fov, for U = 0.16 and 0.3 m/s,
to study scale effects. lie between the predictions of Eqgs. (3) and (3a). The asser-

The most dramatic expression of the scale effect is no- tion of Werther (1992) that the value éfremains constant
ticed when we compare the bubble velocity distribution beyondDt = 1m, is not supported by our simulations. On
Vp(r) as a function of the column diameter for a partic- the other hand, the use 6f= 3.2D$~33 for diameters larger
ular case, that of air—FCC operation @t = 0.3m/s; see  than 1m, predicts a higher value 9§ than obtained from
Fig. 9. The centre-line velocityy(0) increases from about  Eulerian simulations. It appears that the scale dependence
2m/s for a 0.19 m diameter column to 5.5m/s for the 6 m continually decreases with increasing column diameter; this
diameter column. result is also intuitively expected.

The cross-sectional area average bubble veldgitycal- The average bubble hold-up, calculated from the Eulerian
culated from theVy(r) (and hold-up) profiles are shown in  simulations is shown in Fig. 11 as a function of the col-
Fig. 10 as a function of column diameter for = 0.16 umn diameter. The strong decrease in bubble hold-up with
and 0.3 m/s, respectively. The Eulerian simulations are com-increasing scale is evident.

0.20 r (a) U=0.16 m/s 0.20 |—. (b) U=0.30 m/s
— 0151 — 0.15[
7 3 . .
g ® Air-FCC o Air-FCC
2 2
k] - k=] L
3 olorg 3 010 oo
9 k) ®
Qo Qo
3 oo 3 o
@ 005 L ° 0.05 F
000 1 1 1 1 1 J 000 1 - 1 1 1 J
0 1 2 3 4 5 6 0 1 2 3 4 5 6

Column diameter, Dy/[m] Column diameter, D;/[m]

Fig. 11. Influence of column diameter on the average bubble hold-up obtained from Eulerian simulations.
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(@) Dy=2m; U=0.3m/s (b) D;y=4m; U=0.3m/s (c) Dy=6m; U=0.3m/s

Radial velocity distribution, V,(r), V,(n/[m/s]
Radial velocity distribution, V,(r), V,(rn/[m/s]

Radial velocity distribution, V,(r), V4(r/[m/s]

~
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Fig. 12. Comparison of the radial distributions of dense phase velocity and bubble rise velocity for 2, 4 and 6 m diameter air—FCC columns operating &
U =0.3mis.

The fast-rising bubbles have the effect of carrying up the

dense (emulsion) phase upwards in the central core of the 1.0 “'*!!ggi

column. When the bubbles disengage at the top, the dense @J I *.;i:g

phase is recirculated back to the bed. This recirculatory 2 I ’f?;;*

flow is predominantly in the wall region. The radial velocity N L i,
distribution of the dense phase is shown in Fig. 12 for the ¢ 05F ':E;

2, 4 and 6 m diameter columns, along with the bubble ve- 5 - ‘:f;
locity distribution. The slip between the bubble and dense ; " ;
phases is the reason for the difference in the velocity of 'S i

these phases at any radial position. A comparison of the 2 0.0 |

Vqi(r) profiles for the three column diameter shows that § L

the m_agnitude of the recirculatory f|OWS ir_wrgas_es with in- g "D, =152, 4and6m;
creasing column diameter. If the radial distribution of the 5 " U=0.16 and 0.3 m/s
dense phase velocityy;(r) is normalised with respect to

I . . _ _05 1 1 1 1 L 1 L 1 L |
the centre-line velocitywys(0) we see that the profiles co 0.0 0.2 0.4 06 08 10

incide to a large extent; see Fig. 13. This suggests that the
recirculatory flows can be characterised by a single parame-

Fer, the Cemre'”ne_ velocityys(0). This ce_zntre-line velocity  Fig. 13, Normalised dense phase velocity distribution for 1.5, 2, 4 and
is a strong function of the column diameter and of the 6m diameter air-FCC columns operatinglat= 0.16 and 0.3 m/s.
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Fig. 14. Influence of column diameter on the centre-line dense phase velocity. Comparison of air—FCC with air—water and air-Tellus oil simulations
published by Krishna et al. [38,39].
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The agreement between experimental data in columns of
0.19 and 0.38 m diameter on bubble hold-up and CFD simu-
lations gives us confidence in the use of CFD for scaling up
purposes. Simulations of large diameter columns show the
dramatic influence of column diameter on the bubble rise
velocity; the predicted values are in broad agreement with
the Werther correlation (3). A consequence of this is that the
bubble hold-up is a significant decreasing function of the
column diameter. The interfacial area for transfer from the

—_
o
TTTTTm

T T

[N
T BT

—©— CFD: U=0.16 m/s

Dense phase axial dispersion coefficient, Da)/[m2 s
o

—3 CFD:U=0.3m/s bubble to emulsion phase will consequently decrease signif-
001 E A De Groot (1967) icantly with increasing column diameter; there is evidence
- v Werther (1992) in the published literature on a commercial scale fluid bed
r + Van Deemter (1980) in the Shell Chlori P d fi hi
0.001 e reactor in the Shell Chlorine Process tends to confirm this
0.1 1 10 trend [3]. The simulation results also rationalise the pub-
Column diameter, Dy/[m] lished experimental data on backmixing of the dense phase.

Further experimental verification of the predicted trends for
gas hold-up by comparison with commercial scale data is
required.

Fig. 15. Influence of column diameter on dense phase axial dispersion
coefficient. Comparison of experimental data from literature [2,47,48]
with Day predicted using Eq. (13), using the values of the centre-line
velocity Vg;(0) from Eulerian simulations.
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